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Abstract
This study proposes an integrated process for the valorization of CO₂-rich acid gas through rectification, sulfur recovery, and downstream CO₂ methanation. The feed acid gas, containing approximately 96–97 mol% CO₂ and 3–4 mol% H₂S, was first treated in a rectification column to separate a high-purity CO₂ overhead stream from an H₂S-enriched bottoms stream. Under optimized operating conditions, the overhead stream contained 99.7 wt% CO₂, while the H₂S concentration in the bottoms stream increased to about 74 wt% at elevated column pressure. Increasing the rectification pressure to 32 bar also shifted the reboiler temperature to a positive range of about 20°C, improving process operability and facilitating downstream integration. The H₂S-rich bottoms stream was subsequently directed to a sulfur recovery unit, where an H₂S conversion of 95% resulted in an elemental sulfur production of approximately 800 kg h⁻¹. The purified CO₂ overhead stream was then considered as a suitable feed for methanation, where CO₂ conversion was assumed at around 80% with almost total CH₄ selectivity. The proposed process therefore provides a dual valorization route for CO₂-rich acid gas, enabling simultaneous sulfur recovery and carbon utilization. The results demonstrate that the integration of rectification, Claus processing, and methanation can substantially reduce the inert CO₂ load to the sulfur recovery unit while creating an additional pathway for converting the separated CO₂ into synthetic methane.
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Introduction
Acid gas streams generated in gas sweetening and amine regeneration units are commonly processed in sulfur recovery systems. However, when the acid gas contains a very high concentration of carbon dioxide and only a limited amount of hydrogen sulfide, direct sulfur recovery becomes less efficient because the sulfur-bearing fraction is strongly diluted by CO₂. In industrial amine systems, the separation of H₂S and CO₂ is a key operation, and the choice of solvent and downstream handling strategy strongly depends on acid gas composition (Verma & Verma, 2009). 
CO₂ capture, separation, and utilization have received increasing attention due to the need to reduce greenhouse gas emissions and improve carbon management in process industries (Turakulov et al., 2024). Amine-based capture remains one of the most widely used approaches, but its operation is often constrained by regeneration energy demand, solvent degradation, corrosion, and fouling (Peeters et al., 2025; Verma & Verma, 2009). In many practical gas treatment systems, recovered acid gases are still handled mainly with a focus on sulfur recovery, while the carbon dioxide fraction remains underutilized. This creates an opportunity for process integration in cases where the acid gas stream is CO₂-rich.
Hydrogen sulfide can be converted into elemental sulfur through Claus-type sulfur recovery systems, while purified CO₂ can be further upgraded through downstream utilization routes. Among these routes, methanation is attractive because carbon dioxide can be converted into synthetic methane in the presence of hydrogen. More generally, Aspen-based simulation studies have shown that integrating reaction and separation in a single process framework can improve process performance, reduce utility demand, and provide a useful basis for defining favorable operating conditions (Likkasith C. et al., 2014). 
The novelty of the present work lies not in the individual use of rectification, Claus sulfur recovery, or CO₂ methanation, which are established technologies, but in their process-level integration for the treatment of a highly CO₂-rich industrial acid gas stream. In conventional acid gas handling, the recovered stream is commonly routed primarily toward sulfur recovery, while a large CO₂ fraction acts as an inert diluent and remains largely underutilized. In the proposed configuration, rectification is introduced as an enabling upstream step to simultaneously reduce the CO₂ load entering the sulfur recovery section and generate a high-purity CO₂ stream suitable for downstream methanation. This dual-routing strategy therefore converts a single low-value acid gas stream into two process-specific feeds: an H₂S-enriched stream for elemental sulfur production and a purified CO₂ stream for synthetic methane generation. The practical advantage of the additional separation step is thus the simultaneous improvement of sulfur-recovery feed quality and creation of a carbon-utilization pathway, which is not addressed when the acid gas is treated only through a conventional sulfur-oriented route.
Process simulators such as Aspen HYSYS are therefore useful for evaluating integrated separation and conversion systems under industrially relevant conditions (Yehya et al., 2025). Accordingly, this work develops and evaluates a simulation-based integrated process to: (i) separate the acid gas into a CO₂-rich distillate and an H₂S-rich bottom stream by rectification, (ii) recover elemental sulfur from the H₂S-enriched fraction, and (iii) convert the purified CO₂ stream into methane through catalytic methanation. The proposed configuration therefore provides a dual valorization route for a real industrial CO₂-rich acid gas stream.
Methodology
In this work, a simulation-based process integration strategy was developed in Aspen HYSYS for the valorization of a CO₂-rich acid gas stream. The process was divided into three connected sections: rectification, sulfur recovery, and methanation. The feed composition was based on industrial acid gas data obtained from the Shurtan Gas Chemical Complex (SGCC), where CO₂ was the dominant component and H₂S was present as the recoverable sulfur-bearing fraction (Eshmurodov, 2026).
For the rectification section, the Peng–Robinson equation of state (Peng & Robinson, 1976) was selected as the thermodynamic package because it is widely used for vapor–liquid equilibrium calculations in acid gas and hydrocarbon-containing systems. The separation column was modeled as an equilibrium-stage distillation column. The objective of this section was to produce a high-purity CO₂-rich distillate and an H₂S-enriched bottom stream suitable for downstream sulfur recovery. The use of process simulation to identify favorable operating conditions follows the same general Aspen-based methodology commonly used in integrated separation and reaction studies. 
The sulfur recovery section was represented by a Claus-type process train including acid gas conditioning, a thermal reaction furnace, a waste heat recovery section, catalytic conversion stages, sulfur condensers, and a final incineration step. This structure is consistent with conventional sulfur recovery practice, where H₂S is partially oxidized in the thermal stage and then converted to elemental sulfur through successive catalytic reaction and sulfur condensation stages. Such process configurations are also standard in industrial sulfur recovery engineering and simulation-oriented Claus studies. 
The purified CO₂-rich distillate from the rectification column was sent to a fixed-bed plug flow reactor for methanation. The methanation reaction was modeled according to the stoichiometric equation:

The purified CO₂-rich distillate from the rectification column was sent to a fixed-bed plug flow reactor for methanation. For the methanation section, hydrogen was considered to be supplied from the excess H₂ generated within the ethane-to-ethylene production process at the SGCC. This internal hydrogen source was selected to avoid introducing an external H₂ supply assumption and to strengthen the site-integration concept. The actual hydrogen availability therefore represents a key constraint for full-scale implementation. The reactor performance was specified using experimentally determined parameters, with a CO₂ conversion of approximately 80% and nearly complete selectivity toward CH₄. These experimentally derived values were implemented as fixed reactor-performance inputs in the Aspen HYSYS process-integration model rather than being predicted from a detailed kinetic model. Therefore, the methanation section was intended to evaluate the process-level conversion potential of the purified CO₂ stream, while detailed catalyst kinetics and reactor-scale transport phenomena were outside the scope of the present study.
Process description
Figure 1 illustrates the proposed integrated process for the valorization of the CO₂-rich acid gas stream. The overall system consists of three main subsections: (i) rectification of the acid gas, (ii) sulfur recovery from the H₂S-rich bottom stream, and (iii) catalytic methanation of the CO₂-rich distillate.
In the first section, the industrial acid gas stream is fed to a distillation column. Because the feed is highly enriched in CO₂, direct routing to a sulfur recovery unit would be inefficient. Therefore, the column is used as a preliminary upgrading step to split the stream into two more valuable fractions. The overhead product is a CO₂-rich stream with very high purity, while the bottom product is enriched in H₂S. This separation strategy is particularly relevant for acid gas streams in which sulfur recovery and carbon utilization must be treated simultaneously rather than independently.
The H₂S-rich bottom product is subsequently routed to the sulfur recovery section. In this block, the acid gas is first conditioned and then introduced into a reaction furnace, where a portion of H₂S is thermally oxidized. The furnace effluent passes through a waste heat recovery section and is further processed in catalytic Claus stages with interstage sulfur condensation. In each condenser, elemental sulfur is removed from the gas phase, which shifts the equilibrium toward further sulfur formation in the downstream catalytic reactors. The remaining tail gas is finally directed to an incineration unit. This process arrangement is consistent with standard Claus sulfur recovery philosophy and is suitable for transforming the sulfur-bearing fraction into liquid sulfur. 
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Figure 1. Proposed integrated process for rectification of the CO₂-rich acid gas stream, sulfur recovery and methanation.
The CO₂-rich distillate from the rectification column is sent to a fixed-bed plug flow reactor. Hydrogen is supplied as a reactant, and the purified carbon dioxide is converted into methane and water through catalytic methanation. In this way, the carbon-rich fraction of the acid gas is not treated as a waste stream but as a feedstock for synthetic fuel production. This integrated concept transforms a single low-value industrial acid gas into two value-added product routes: elemental sulfur and synthetic methane. Similar to other Aspen-based integrated process studies, the present configuration uses process simulation as a practical tool to examine separation efficiency, downstream conversion potential, and the overall feasibility of a combined upgrading route.
4. Results and Discussion
The industrial acid gas stream used in this study was highly enriched with carbon dioxide. Based on the plant data, the feed contained 96.55–96.94% CO₂ and 2.61–3.37% H₂S, together with small amounts of CH₄, N2, and trace heavier hydrocarbons. This composition indicates that the stream is not a conventional sulfur-rich acid gas, but rather a CO₂-rich acid gas. Therefore, direct feeding of the untreated stream to the sulfur recovery section would be inefficient because the sulfur-bearing fraction is strongly diluted.
The overall process configuration is shown in Figure 1. The acid gas was first sent to a rectification column in order to generate two process-specific streams: a CO₂-rich overhead stream for methanation and an H₂S-rich bottom stream for sulfur recovery. Under the selected operating conditions, the column produced a distillate containing 99.32 mol% CO₂, corresponding to 99.72 wt.% CO₂, at a total flow rate of 25.8 tons/h. This result confirms that the rectification section was capable of producing a highly purified carbon dioxide stream. In contrast, the bottom stream was significantly enriched in sulfur species and contained 74.49 wt.% H₂S and 24.83 wt.% CO₂. Thus, the column successfully transformed a single low-value mixed acid gas into two more useful streams.


Figure 2. Effect of molar reflux ratio on the overhead stream composition in the rectification column, showing the variation of CO₂ and H₂S mass fractions in the distillate.
A sensitivity analysis was carried out to evaluate the effect of the main column variables on separation performance. The effect of the molar reflux ratio on the overhead composition is shown in Figure 2. Increasing the reflux ratio strongly improved the purity of the distillate at low values. The CO₂ mass fraction increased rapidly, while the H₂S mass fraction decreased sharply. However, after a reflux ratio of approximately 5–6, the improvement became small and the curve approached a plateau. This indicates that excessive reflux would mainly increase energy consumption without producing a significant gain in product purity.

Figure 3. Effect of distillate molar rate on the overhead stream composition, showing the variation of CO₂ and H₂S mass fractions in the distillate.
The effect of distillate molar rate on the overhead composition is shown in Figure 3. At distillate flow rates up to about 595 kmol/h, the overhead composition remained nearly constant, with very high CO₂ purity and very low H₂S contamination. Above this value, the CO₂ purity began to decrease and the H₂S content increased noticeably. This shows that excessive distillate withdrawal reduces the effective rectification capacity of the upper part of the column and deteriorates the top-product quality.
The corresponding effect of distillate molar rate on the bottom composition is given in Figure 4. With increasing distillate molar rate, the bottom stream became more enriched in H₂S and less loaded with CO₂. At higher withdrawal rates, the bottom stream approached an H₂S-dominant composition. Although this behavior is favorable for sulfur recovery, it must be considered together with the overhead results in Figure 3, since excessive distillate withdrawal simultaneously worsens the purity of the CO₂-rich stream. Therefore, the optimum operating region should balance both product requirements rather than maximizing only one outlet quality.


Figure 4. Effect of distillate molar rate on the bottom stream composition, showing the variation of CO₂ and H₂S mass fractions in the bottom product.
The H₂S-rich bottom stream was then processed in the sulfur recovery section shown in Figure 1. The Claus-type section produced sulfur in three condensation stages. Based on the H₂S content of the bottom stream and a sulfur recovery basis corresponding to approximately 95% H₂S conversion, the total elemental sulfur production was estimated at about 0.79 t/h. This result confirms that the bottom stream generated by the rectification column was sufficiently enriched in H₂S to serve as an effective feed for downstream sulfur recovery.
The CO₂-rich overhead stream was further sent to the methanation reactor. Using the experimentally determined reactor performance of approximately 80% CO₂ conversion and nearly complete CH₄ selectivity, the process-level simulation predicted about 7.5 t/h of synthetic methane, corresponding to more than 10,400 Nm³/h under normal conditions. In addition, about 16.8 t/h of water was formed. These results indicate that the purified carbon dioxide stream can be utilized as a feedstock for synthetic methane production. The proposed methanation section benefits from the potential availability of excess H₂ generated within the site’s ethane-to-ethylene production process; however, the actual hydrogen balance remains a key constraint for full-scale implementation.
The main utility requirements were also examined to provide an initial indication of the energy implications of the integrated configuration. For the rectification section, the simulated reboiler and condenser duties were approximately 19.4 MW and 21.6 MW, respectively, indicating that separation represents the largest external thermal load of the proposed scheme. In the sulfur recovery section, the waste heat exchanger recovered approximately 1.1 MW from the hot furnace effluent, while the three sulfur condensers removed about 0.21, 0.18, and 0.08 MW, respectively. The two catalytic-stage reheaters required comparatively small heat inputs of approximately 0.11 and 0.06 MW. The sulfur recovery model also required about 34 kg/h of fuel gas. For the methanation section, the exothermic nature of the CO₂ hydrogenation reaction implies a significant heat-removal requirement at the operating temperature of 280–285 °C. Therefore, heat integration between the exothermic methanation section, the rectification reboiler, and the existing sulfur recovery infrastructure represents an important opportunity for further reduction of the net utility demand.
Conclusions
In this work, an integrated process for the valorization of a CO₂-rich acid gas stream was developed using Aspen HYSYS. The industrial feed contained approximately 96.55–96.94% CO₂ and 2.61–3.37% H₂S, and the proposed rectification step successfully separated it into two process-specific streams. The overhead product reached 99.32 mol% CO₂, equivalent to 99.72 wt.% CO₂, while the bottom stream was enriched to 74.49 wt.% H₂S. The sensitivity analysis showed that both the molar reflux ratio and the distillate molar rate strongly affect the separation performance, and that the column should be operated within a balanced region where high CO₂ purity and effective H₂S enrichment can be achieved simultaneously.
The H₂S-rich bottom stream was subsequently considered for processing in the existing Claus-based sulfur recovery infrastructure at the Shurtan Gas Chemical Complex. Based on the sulfur-bearing content of the bottom stream and an H₂S conversion basis of approximately 95%, the elemental sulfur production was estimated at about 0.79 t/h. Since a sulfur recovery process is already available at the site, the proposed concept does not require the introduction of a completely new sulfur-processing route. Instead, the upstream rectification step reduces the inert CO₂ load entering the sulfur recovery section, which is expected to decrease the thermal and utility demand of the existing process and improve the quality of the Claus feed.
The purified CO₂-rich overhead stream was further evaluated for methanation in a fixed-bed plug flow reactor operating at approximately 1 atm and 280–285 °C. Using experimentally determined reactor performance of about 80% CO₂ conversion and nearly complete CH₄ selectivity, the process-level simulation predicted approximately 7.5 t/h of synthetic methane, corresponding to more than 10,400 Nm³/h under normal conditions. The proposed methanation section can potentially use excess H₂ generated within the site’s ethane-to-ethylene production process, thereby strengthening the overall site-integration concept and avoiding the need to assume a fully external hydrogen supply.
Overall, the proposed configuration should be regarded as a process-integration and upgrading strategy for an existing industrial site rather than as a stand-alone greenfield process. Although rectification introduces a significant thermal requirement, with simulated reboiler and condenser duties of approximately 19.4 and 21.6 MW, respectively, the upstream removal of most of the CO₂ is expected to reduce the inert-gas load and associated energy demand of the existing sulfur recovery section. In addition, the sulfur recovery model showed approximately 1.1 MW of recoverable heat in the waste heat exchanger, while the strongly exothermic methanation step offers further opportunities for heat integration. Therefore, future work should focus on detailed heat integration, hydrogen balance, utility optimization, and techno-economic evaluation to quantify the net industrial benefit of the proposed configuration.
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Bottoms stream mass fraction(CO₂)


Bottoms stream mass fraction(H₂S)
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